Particle size distribution (PSD) has a significant impact on the performance of fluidized bed reactors due to uneven distribution in the segregation and mixing phenomena. This paper develops a new method of digital image processing that investigates the hydrodynamics of an industrial gas phase olefin polymerization reactor and studies the fluidization structure of a wide range of particle size distribution in an industrial gas phase polymerization reactor by means of a CFD-PBM coupled model, where the direct quadrature method of moments (DQMOM) was implemented to solve the population balance model. It was shown that the applied parameter assumptions and closure laws were appropriately chosen to satisfactorily predict the available operational data in terms of pressure drop and bed height. The transient CFD-PBM/DQMOM coupled model and image analysis technique are then implemented extensively to analyze bubble fluidization structure and segregation phenomena at different velocities. The particle segregation indicates that the small bubbles present in the bed are unable to induce vigorous mixing at low superficial gas velocity while particle mixing improves at a velocity above the minimum fluidization velocity. Further, the predicted results show higher axial segregation phenomena when compared to the radial direction.
gas and solid mixing, heat and mass transfer, and reactant conservation. Although numerous investigations have been carried out regarding the fluidized bed structure and bed hydrodynamics, but there is lack of detailed knowledge about the flow structure in freely bubbling fluidized bed reactor. The issue of reactor scale-up is also a primary concern in commercializing the fluidization process [11, [18] [19] [20] [21] [22] [23] [24] .
However, some techniques such as capacitances probes [25] , optical probes [26] , X-ray imaging [27] , pressure transducers [28] , particle image velocimetry [29] , and magnetic resonance imaging [30, 31] have been used towards the investigation of fluidized beds. Recently, considerable attention has been paid to the implementation of computational fluid dynamics (CFD) to simulate of the flow structure in the gas phase fluidized bed reactors (FBRs) because of better access to high-performance computer technology and computational power [32] [33] [34] [35] [36] [37] [38] . In a practical polydisperse fluidized bed reactor, particles consist of a broad particle size distribution that change continuously due to growth, breakage, and agglomeration as well as particle-particle and fluid-particle interactions [3, 4, 39, 40] . In these kinds of reactors, the particle segregation was observed where smaller particles migrate to the top of the bed while lager particles migrate to the bottom of the bed [41] [42] [43] . Therefore, providing a precise understanding of mixing and segregation and the fluidization structure is crucial to optimize the design, operation, and scale-up of polydisperse gas fluidized bed reactors. The population balance equation (PBE) for particle size distribution needs to be solved along with continuity, momentum, and energy equations in order to describe the particle size distribution (PSD) in multiphase flow.
One efficient method to analyze the impact of PSD on the performance of FBRs is by coupling the population balance model (PBM) into the CFD framework (CFD-PBM coupled model) [4, 18, 39] . Recently, more details of the coupled model were reviewed by Akbari et al. [44] [45] [46] [47] . Silva et al. [48] utilized a CFD-PBM coupled model to investigate the quadrature method of moments (QMOM) and direct quadrature method of moments (DQMOM) in terms of efficiency and accuracy. In addition, Upadhyay and Ezekoye [49] presented that the proper choice of moments of the initial number density function may be a significant factor in obtaining more accurate solutions from QMOM or DQMOM. The QMOM and DQMOM solutions offer similar accuracy. But DQMOM is the most efficient method and is recommended for coupling population balance solutions to CFD simulations. Segregation phenomena in polydisperse fluidized beds have been extensively investigated by Fan et al. [50] and Fan and Fox [51] . They used an Eulerian-Eulerian model and DQMOM to describe particle segregation in a lab-scale FBR. The results obtained from the model were in agreement with the experimental results. Their results showed that segregation occurred at a superficial gas velocity lower than the minimum fluidization velocity of large particles. During segregation, small particles moved to the upper portions of the bed while larger particles migrated to the bottom of the bed and formed the de-fluidized layer. In addition, the segregation rates were low at a high superficial gas velocity. Furthermore, it is not possible to specify a universal CFD framework for all possible applications due to computational constraints. However, it can be modified based on the operating conditions, bed configuration, and scale as well as the accuracy associated with their numerical implementation. Therefore, new techniques such as image analysis are needed for verification and validation of CFD modeling to become a standard tool to design and scale up industrial scale reactors.
The most recent works in the development of modern techniques for hydrodynamic study of gas-fluidized beds focus on the use of tomographic methods to present cross-sectional and three-dimensional images of the multi-phase flow behavior [52, 53] . The main part of the study focuses on radiation absorption techniques such as X-ray, g-ray, positron emission tomography and electrical capacitance techniques. However, significant drawbacks of these methods are the weak spatial resolution and long scan times. Moreover, the limited size of the interrogation area, relative high capital investment and radiation hazards do not favor broad application of these methods [54] .
Olaof et al. [55] experimentally studied fluidization behavior in a dense polydisperse gas-fluidized bed with two and three discrete particle sizes using a digital image analysis technique to study segregation phenomena. Their results showed that segregation occurred at the minimum fluidization velocity of an individual component, whereas the ternary mixtures were found to be well-mixed at a velocity lower than the minimum fluidization velocity of larger particles. Shen et al. [56] developed digital image analysis to extend the qualitative and quantitative analysis of freely bubbling fluidized bed to simulate the size, velocity, and axial and radial distribution of the bubble. In addition, bed dynamics and segregation rates were investigated by Goldschmidt et al. [54] . They developed an image analysis technique in terms of bed expansion and segregation dynamics in two-dimensional gas-fluidized beds.
To the best of our knowledge, this is the first time that an image processing algorithm is developed and combined with a CFD-PBM coupled model to characterize the hydrodynamics of an industrial gas phase fluidized bed reactor and predict bubble diameter, number of bubbles, axial and radial segregation phenomena under conditions pertinent to the industrial scale polymerization reactor. Moreover, the accuracy of the presented image processing technique and CFD-PBM coupled model was extensively tested. The simulation results were also compared with industrial operational data in terms of pressure drop and bed height. Therefore, the model can be used as a reliable tool for analyzing and improving the design and operation of the industrial gas phase polymerization FBRs.
Extracting bubble characteristics using an image processing method
Image processing is the study of any algorithm that takes an image as input and returns an image as output. It is the use of computer algorithms to perform image processing on digital images [57, 58] . An image is an array, or a matrix, of square pixels (picture elements) arranged in columns and rows. The types of images are as follows: binary, indexed, grayscale, and true color. A true color image is an image in which each pixel is specified by three values (red, green, blue). A red, green, and blue (RGB) image is an M Â N Â 3 array of color pixels with each color pixel a corresponding trio with RGB components of the RGB image at a specific location. The RGB image can be considered as a stack of three gray images that, at entering the inputs of the red, green, and blue image of the color monitor, create a color image on the screen.
The three constituent images of RGB are called the component images of RGB. Each of these components is called a channel. Therefore, the color image of RGB consists of three channels: red, green, and blue. The input images were taken by the CFD software. Each of these images was a 5000 Â 5000 Â 3 array of image pixels and was of the uint8 class. These 8-bit images were of 24-bit depth and the number of possible colors in these images was 16,777,216; i.e., ð2 b Þ 3 colors, with b the number of bits in each component image.
In these images, the purpose was to separate the bubbles from the image background. In the input image obtained from the CFD software, the created bubbles were yellow. In the RGB color cube, the yellow color was created from the combination of the red and green colors. Fig. 1 shows the RGB color cube.
The flowchart of measuring bubble characteristic parameters using image processing technique (Fig. 2) .
Therefore, the green and red channels had to be extracted to separate the yellow color. Since the yellow color was more often observed in the red component, the red component had to be enhanced and took place using the formula below:
The green channel of the image was eroded using the erosion operator and the disk structural element whose radius was 2, so that the small-sized points in the gray image would be eliminated because these points, when combined with the red channel, destroy the image at the desired area. Therefore, these points were eliminated using the following formula:
The green and red channels were then added together using the formula below:
A thresholding method was used to remove bubbles from the background. Thresholding methods that are available, include moment preserving [59] , histogram modification [60] , edge matching [61] , histogram-based peak detection [62, 63] , and two dimension entropy [64] .
These methods are less convenient to use because of the long running time. From this the method of Lin [65] was used where he [65] modified Otsu's method [66] . With this modified method, the gray image I gray is divided and classified into two classes C 0 and C 1 . The equation for the variance between the two classes is calculated from equation v B [65] .
In this correlation, v B , represents between classes variance (BCV); x 0 is the zeroth-order cumulative moments for the classes C 0 , respectively; l T is the total mean of image gray surface; and l k represents the first-order cumulative moment of the histogram until the gray level k. It was assumed that BCV is differentiable in regard to the gray level and the first derivative of BCV is zero. Where l 0 and l 1 represents mean gray levels for the classes C 0 and C 1 . The method of bisection was employed to solve the following equation [67] :
In this method, the distance between gray levels [k 0 , k 2 ] that contains a k 1 root in the middle point is divided to two parts. A distance that contains the root is named an active distance. The active distance will be bisected again. This procedure iterates until no more bisections are required to be performed. In the present case, the bisection starts by letting k 0 = 0 and k 2 = L À 1, and it takes log 2 iterations for the root solving. The midpoint with minimum absolute value of the BCV-derivative function is selected as the optimal threshold among the obtained midpoints.
The next step was to identify the constituents obtained in the binary image. Here, the purpose was to identify the bubbles and to obtain their characteristics including diameter, surface area, perimeter, and center of mass for each bubble.
The binary images were first converted to Label Matrix images in which each group of white pixels (a group may be just one pixel without any neighbors) was allocated a number in the following way. All pixels in the first group were given the number 1 and all pixels in the second group the number 2; and, therefore, each group of pixels was known as a bubble in the image. In these images, all bubbles were white.
The input function of Label Matrix was a binary image in which the tetra pattern was used to represent neighboring objects. Fig. 3 shows the 4-neighborhood. The purpose of using the 4-neighborhood was to have only neighbors with value 1 in the central cell of the matrix and for this central cell to be in the form of rows and columns. This pattern is called the 4-neighborhood. The reason for using the 4-neighborhood was that bubble pixels were very close to each other in the image.
After determining the number of bubbles in the image, their characteristics were studied using the region props function. The area feature was used to find the number of pixels in each bubble, because this number determined the surface area of the bubble. The perimeter of a region is the length of its border and the perimeter feature was employed to find the perimeter. The area and perimeter features were utilized as descriptors and were used when the desired area was unchangeable. If the desired area was considered a circle, its surface area would be 4pr 2 and its perimeter 2pr. Based on this theory, the diameter of the desired area would be obtained by using the following formula.
where S is the surface area and P the perimeter. To find the distance of the bubble from the reactor distributor surface, the centroid feature was employed first to find the center of mass of the bubble that included x and y with x showing the row of the desired pixel and y its column. The reactor floor coordinates and the coordinates of the center of mass of the bubble were then used to calculate the Euclidean distance between them. The formula of Euclidean distances in the two-dimensional space is as follows:
The dimensions of the reactor bed are 33.9 m height and 5 m diameter. Therefore, the surface area of reactor is 102.5 square meters, which is calculated by the area of the rectangle formula. Hence reactor area of a twodimensional image is 1,422,435 pixels and thus, the size of each pixel is obtained 0.000072 square meters. This scale is used for the calculation of area, perimeter, height, and diameter of each bubble. The threshold value for the image is obtained, and then the threshold is applied on the image. The results of processing the input images that are obtained from the CFD model and CFD images can be seen in Fig. 4 .
Computational model and simulation case
To model the hydrodynamics of the gas-phase fluidized bed reactor, the gas and solid phases were treated as interacting interpenetrating continua on the CFD-PBM coupled mode with an Eulerian-Eulerian model incorporated with kinetic theory of granular flow (KTGF). Each particular phase was characterized by the unique diameter, density, and other individual features. The KTGF has been employed to describe the rheology and characterize the motion of particles. In this study, the DQMOM approach was selected to solve PBM. With DQMOM, each node (different solid phases) represents the solid phase properties, so in the Eulerian-Eulerian multi fluid model each solid phase has its own momentum balance [68, 69] . Tables 1-3 summarize the equations of the E-E and CFD-PBM coupled model. The isotherm reaction-free model consists of mass and momentum balances equations for each phase. Table 1 lists the governing equations, where Eq. (1) is continuity equation for gas and solid phases, Eqs. (2) and (3) are the gas phase and solid phase momentum equations, respectively. Eq. (5) is the kinetic theory of granular flow equation to describe the rheology of the solid phase. Eq. (9) is the standard k-e turbulent model that was used to solve the turbulent kinetic energy k and its dissipation rate [1] . The system of equations was closed with proper closure laws for momentum exchange, solid pressure, and turbulence terms ( Table 2) . In this study, constitutive equations derived by Lun et al. [70] were employed which have been extensively utilized by many researchers [1, 2, 31, 34] . The radial distribution function between two solid phases has been modeled according to Behjat et al.'s method [19] . In addition, the Gidaspow drag model (Eq. (17)) has been utilized [1] that is a combination of Wen and Yu's [71] model and Ergun's equation [72] .
In this study, Ding and Gidaspow's correlations (Eqs. (5)- (9)) [73] were used for the transport equation of granular temperature. It is noteworthy to mention that the granular temperature is solved for each solid phase.
ðÀp s I þ s s Þ : rt s , is the term of energy generation due to solid stress tensor, k hs rh s , is the diffusion of energy, c hs , is the collisional dissipated energy, and £ ls , is the energy exchange between the lth fluid or solid phase and the sth solid phase. The dissipation of energy, c hs , is due to the inelastic collisions among particles. The term, £ gs , represents the dissipation rate of random fluctuations in particle velocity due to the interaction between solid phase and gas phases.
The PBE is a balance equation for the population of the particles and it can be derived in the same way that many other balances or continuity equations in continuum mechanics are derived. From the numerical standpoint, the advantage of the DQMOM model is that it deals with quadrature nodes and weights instead of moments which is more convenient due to calculation of the quadrature nodes [74] . In addition, it can be directly applied to the population balance equation with more than one internal coordinate [50] . However, in the Eulerian-Eulerian multifluid model each solid phase has its own momentum balance. Thus, the DQMOM suggests a promising capability describe PSD bearing particle kinetics in the context of CFD-PBM gas-solid modeling. More details of this description can be found in Akbari et al. [45] . DQMOM tracks directly the nodes and weights by integrating the transport equations (Eq. (21)) that govern their evaluation. Finally, to couple the PBM/DQMOM model with the multi-fluid CFD framework, Eqs. (23a), (23b) and (3) that constitute the set of DQMOM multi-fluid model equations were combined.
Numerical considerations
The simulated results of CFD and image processing were compared with available industrial data in terms of pressure drop and bed height in order to validate and obtain the fluidization structures such as particle segregation. The following conditions were adopted in the simulation using the Ansys Fluent 14:
-The finite volume discretization method was used.
-To reduce the computational cost, a 2D Cartesian system simulation was adopted with the 52,007 number of nodes as optimum required mesh in our previous study [44] . -Phase couples SIMPLE (PC-SIMPLE) algorithm was used to handle the pressure-velocity coupling in multiphase calculations. -The third order upwind discretization scheme was used to discrete the momentum, volume fraction, and population balance equations while the first order upwind tempered discretization scheme was used. -No-slip and free-slip wall boundary conditions were employed for gas and solid phases, respectively. -A small time step of 0.01 s and the convergence criterion of 0.001 with around 20 iteration per time step were chosen based on our previous study [44] . -All simulations were calculated with a time of 100 s with the computational time around 250 h. -The under relaxation factors equal to 0.3 were adopted for all variables.
Simulation and boundary conditions
Mesh generation was achieved by using ANSYS Workbench software to investigate the particle and fluid dynamics in the fluidized bed reactor. Fig. 5 depicts the CFD geometry. The reactor has a diameter in the fluidization zone (D) of 5 m and a height of 33.9 m. The fluidization medium comprises the gas mixture (ethylene, comonomer, hydrogen, and inert gasses) and polymer particles (LLDPE). In addition, Table 4 lists the properties and simulation conditions.
The technique of boundary and gradient adaption was implemented to decrease the computational requirement efforts. First, a relatively coarse mesh was carried out to Table 1 Governing and auxiliary equations of gas-solid multi fluid model used in a FBR.
Eulerian-Eulerian governing equations
The continuity equation for gas and solid phases [3]
The momentum equation [3] Gas phase
Solid phase
The phase stress-strain tensor for qth phase (solid and gas)
The kinetic theory of granular flow [1] 
The diffusion coefficient for granular energy [1] 
The dissipation of energy 
The dissipation rate
The kturbulence model
reach the final bed expansion followed by further mesh refinement that was applied in Fluent only on the fluidized section.
The different mesh refinement studies were investigated to assure mesh independent resolution. The CFDmesh consists of 52,007 Cartesian cells (Fig. 6 ). In this study, one gas phase and three quadrature points (solid phases) were assumed. The gas phase was considered as the primary phase, whereas the particle phases were characterized by a specific length, volume fraction, density, and other properties (i.e., particle shape factor). For the gas phase, the density of 20 kg/m 3 and kinetic viscosity of 1.2 Â 10 À5 Pa s was used. For the investigation of a more detailed particle flow, the particles with a diameter between 385 Â 10 À6 m and 1520 Â 10 À6 m with a density of 850 kg/m 3 were chosen subsequently in the case studies.
In the initial state, the bed was in well-mixed condition with particle volume fraction of 0.51 and the static bed height of 10 m from the distributor. Table 5 lists the initial conditions of weights and abscissas at t = 0 s. This initial condition is typical for application of the gas phase fluidized bed polymerization reactor at this scale. Therefore, the CFD-PBM/DQMOM coupled model can be used as a reliable tool for analyzing and improving the design and operation of the gas phase polymerization FBRs. The velocity inlet boundary condition was defined at the bed entrance while the pressure outlet boundary conditions were considered at the outlet. It was assumed throughout that an efficient removal of the heat reaction was achieved and isothermal conditions were considered through the bed (see Table 6 ).
Results and discussion

Model validation
Preliminary simulations results are compared with the industrial data in terms of pressure drop and bed height in order to verify the reliability of CFD model as well as the accuracy of the image processing technique. Fig. 7 shows the instantaneous profile of pressure drop in the bed with the operational superficial gas velocity of 0.312 m/s. It can be seen that the pressure drop of bed fluctuates vigorously with time due to bed surface fluctuations caused by bubble bursting. Fig. 8 shows a comparison of the CFD simulation and image processing analysis of bed height with the industrial data under the same operating conditions. It can be seen that both analyses are in agreement with the industrial data. At this operation condition, both models show that the bed height was increased with increasing superficial gas velocity. However, the CFD simulation results indicate the quasi steady state condition from 0.25 m/s to 0.3 m/s. At the initial stage (velocity < 0.15 m/s), the bed height maintains at a constant value, then the bed height increases linearly and reach to a new constant value after 0.25 m/s or so. The predicted bed height profile is larger using the CFD model than by the image processing analysis. The primary reason is that a larger bubble diameter is predicted by the CFD model. A comparison of the errors between the model predictions (Table 3 ) and image 
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analysis with the industrial data indicated that the considered assumption and the selected closure laws were appropriately chosen that lead to accurate prediction of the fluidization behavior along the bed.
Bubble size distribution measurement using image processing technique
Due to effect of bubbling rising velocity, gas interchanging phenomena between the phases, particle circulation rate, heat transfer and elutriation of fine particle from the bed surface, and bubble size distribution are the most important index in fluidized bed reactor design [60, 61] . Fig. 9 presents image processing data regarding equivalent bubble size distribution versus bed height and in which Table 3 lists the operation condition. Note that the equivalent diameter of the bubble is defined as the diameter of the circle having the same surface area of the bubble section captured by the CFD simulation. Consequently, if A is the surface area of the bubble section, the equivalent bub-
The surface area of the bubble section is determined by producing contour plot of the void fraction, imposing a sharp threshold, and coloring in white the portions of the domain where the gas phase fraction is higher than 0.9 with the remainder being the black part. Therefore, the bubble is A and is calculated using the described image processing algorithm.
The predicted results show that the bubble diameter increased by increasing the bed height and gas superficial velocity where small bubbles were formed in the bottom section of the bed. At high superficial gas velocity, the . Effect of superficial gas velocity on axial bubble diameter distribution.
particle rotation was increased by bubble intensity. The primary reason was that the gas-solid interactions exert higher drag force on the particles and cause the particles to move vigorously. In addition, simulations show that the small bubbles are firstly formed near the bottom of the bed, then rise up and become larger as they pass through the bed. As bubbles collide with each other, they coalesced, and turn into big ones through the process. A more rapid and irregular development of bubble coalescence is observed and forms large bubbles at the middle of the bed. Finally, smaller bubbles are predicted when the bubbles reach the top of the bed and erupt, which is attributed to the instabilities at the bubble boundary. It should be noted that small particles are present at the top of the bed while larger particles move to the bottom of the bed and the middle of the bed including the mixing of particles. In addition, it can be seen that the bubble diameter reaches a maximum value at a certain height above the inlet. It should be noted that this height is designed as the maximum bubble height in which bubbles do not grow, become unstable and break up, which means that the coalescence and splitting of bubbles has reached steady state conditions. Furthermore, the bubble motions induce the movement of particles to form a recycling of particles in the bed. Therefore, the particle concentration fluctuation reflects the spatio-temporal pattern of gas-solid flow in the bed. The size of the bubble size can identify three different dynamic regimes as follows: -For u < 0.1 m/s, the bed is fixed; -For 0.1 < u < 0.2 m/s, the bubbling regime started and the bubbles can only mix the solids in the upper fluidized bed regions where the fluid velocity is not sufficiently high. -u > 0.2 m/s, vigorous bubbling established the fluid velocity is high enough to fluidize the entire bed and the particles are fully mixed under pseudo steady state conditions. Fig. 10 shows the measured number of bubble distribution with bed height. The number of bubbles increased at the bottom of the bed while it decreased at the top of the bed. In addition, the results show the higher number of bubbles at the middle of the bed. This means that the small particles produce the small bubble size as well as a smaller number of bubbles at the top of the bed at superficial gas velocity higher than minimum fluidization velocity.
Time averaged of particle segregation
Seven simulations were performed for the industrial LLDPE gas phase polymerization reactor containing a wide range of average particle size distributions in which average diameter is defined as 1 dav ¼ P P xp dp . Fig. 11 shows the last 20 s of 100 s time averaged particle diameter as a function of bed height with a fluidization range 0.005 m/s and 0.3 m/s. It is clearly seen that in this case, a layer of small particles are presented at the top of the bed using 0.15 and 0.2 m/s while a layer of large particles dominate at the top of the bed in 0.005 and 0.05 m/s cases. The profiles clearly show that the bed is segregated, which indicates that the small bubbles presented in the bed are not able to induce vigorous mixing. In addition, particle mixing improves (Fig. 8) . The wellmixed conditions are predicted at velocity above the minimum fluidization velocity (U mf) . In other words, the thickness of the layer of finer particles occurring at the top of the bed decreases with increasing superficial gas velocity and the top layer of particles in the fluidized bed is better mixed.
The results of two superficial gas velocities at 0.005 and 0.05 m/s show the quasi-layer inversion behavior. This phenomenon can be explained by KTGF. The diffusion force and diffusion velocity are dependent on the granular pressure gradient, granular temperature, and the gravity and drag force differences between one particle species and the other. At low gas velocity (0.05-0.15 m/s), the drag and gravity forces differences between the small and large particles are dominant. The gravity force and the upward drag force lead to a much lower upward force for the small particles. Hence, the diffusion force and the diffusion velocity cause a downward movement of the small particles. By increasing gas velocity, the gradient in granular temperature and granular pressure become dominant terms. The results demonstrate that the superficial gas velocity and the drag force model play important roles in particle segregation.
Furthermore, Fig. 11 shows that the bed expansion is larger in the fluidized bed at a higher superficial gas velocity. In this study, the minimum fluidization velocity obtained from the simulation results is 0.15 m/s, where the bed height increases about 5%. Fig. 12 shows the time-averaged radius average particle diameter at V = 0.25 m/s and 0.3 m/s for the defluidization process at various heights. The simulated profiles of radial average particle diameters indicate that the larger particles accumulate near the wall region especially at the top of the bed. Furthermore, the results show the flatter profile that is lower in the bed (H = 3 and 10 m), whereas the U-shaped profiles is monitored at the top of the bed. Uniform distribution of radial particle diameters is due to concurrent movement of gas and solid phases at the bottom of the bed. Moreover, due to bubble eruptions, the slip velocity between gas and solid phases increases gradually and reflects the counter-current movement of the particle at the top of the bed. In addition, higher gas velocity (0.3 m/s) indicated a smaller range of radial average particle diameters that indicate well-mixed operating conditions from bubble mixing. The fluidization structure between H = 15 m and H = 18 m indicates that the larger particles rise to the top of the bed in the center and sink to the bottom in the wall region. In addition, the results show that the particles flow from the wall to the center of the bed at the bottom of the bed. Then, the particles move from the center of the bed to the wall. 
Time averaged of particle concentration distribution
Figs. 13 and 14 show the axial and radial distributions of particle concentration in the de-fluidization process which demonstrate more details of the hydrodynamics of the bed. The results demonstrated that the radial particle concentration distributions are nearly unaffected by the different particle sizes while axial position plays the most distinctive role in solid volume fraction distributions. Moreover, the predicted results demonstrate that the particle segregation occurs axially and significantly less radially. Furthermore, the results also predicted a higher value of solid volume fraction at the bottom of the bed than at the top of the bed to indicate higher gas hold up and larger bubble size along the bed. The solid volume fraction decreases along the bed while the solid volume fraction increases by increasing the gas superficial velocity especially at the bottom of the bed.
At low gas velocity, the bubbles occupy only a small volume of the bed because of creating few small bubbles. While at high superficial gas velocity, bubbles occupy a larger volume of the bed that expected to affect more strongly bulk flows of the suspension. This is confirmed by Fig. 14, which reports the image processing analysis of the fluid volume fraction of the bed.
At all bed heights, the particle concentration distributions are high when close to the wall, due to breakage of bubbles and generation of fine bubbles that discharge particles radially towards the wall. In addition, when the superficial gas velocity increases from 0.25 to 0.3 m/s, the particle concentrations move faster from the wall to the middle of the bed, at H = 15 and 18 m in the radial direction. Fig. 14 shows that the axial profiles of particle volume fractions are sensitive to the superficial gas velocity. The smaller particles are seen to segregate toward the top of the bed (range 0.15-0.25 m/s); the medium-sized particles are uniformly distributed while the large-sized particles tend to accumulate at the bottom of the bed in the velocity range of between 0.15 and 0.25 m/s. Additionally, a quasi-layer inversion was observed at a low gas velocity as confirmed by Fig. 14. 
Conclusion
A CFD-PBM/DQMOM coupled model and image processing analysis were implemented to investigate bed Large-sized particle Small-sized particle Medium-sized particle dynamic and solid segregation in an industrial gas-phase polymerization reactor. The predicted results were validated with industrial data in terms of pressure drop and bed height. The quantitative and qualitative understanding of fluidization structure through the bed was captured from the bubble diameter, number of bubbles, and particle segregation in the simulation. Bed height and superficial gas velocity affect fluidization behavior. The results show that the particle segregation was based on the minimum fluidization velocity of PSD. In addition, it was found that the axial profiles of particles volume fraction are more sensitive to the superficial gas velocity than radial distribution. The quasi-layer inversion of particles was predicted at low fluidization velocity. Furthermore, hydrodynamics and solid flow pattern were altered in the range of minimum fluidization velocity of particles while the flow changed into the well-mixed condition at higher velocity than the minimum fluidization velocity of the large particles. It was also found that medium sized particles are uniformly distributed gradually in the wide range of investigated superficial gas velocities.
